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- SUMMARY

In fthe wake of the current energy crisis, uranium is *he most valuable

by-product the phosphate fertiliser industry has the potential to produce,
merely by extending existing operations and wlthout creating significant
nviromental difficulties which are associated with new mining facilities.
The main features of the process developed by Earth Sclences Incorporated
and operated in its plant in Calgary, Alberta, Canada are outiined. The
process is based on two cycle solvent extraction of uranium from we+
processes phosphoric acid, using octyl phenyl| acid phosphate (OPAP) In the
first cycle and di-2-ethyl hexy! phosphoric acid (D2EHFA) with a synergistic
additive in the second cycle. Process development systematically overcame
problems encounterad by others eartier, to give low first and operating
costs so that the process is alse suitable for the smaller plant. The ES|
process is also sulfable for uranium extraction from strong acid, produced
by hemihydrate typs of phosphoric acid.processss, with many inherent
advantages.

INTROOUCT ION

Most of the world's phosphate rock deposits generally contaln
uranium in varying amounts. When the rock iz reacted with sulphuric
acid for the manufacture of phosphoric acid, this uranium is leached
appearing as a minor fmpurity in the cruge acid. During the last
decade, the price of uranium for fueling atomic powar reactors has
risen rapidly, and its extraction from phosphate processing has
become ecomomically attractive. Uranium is therefore a2 valuable and,
in tThe wake of the current energy crisis, possibly the most
attractive by-product commercially which the phosphate industry has
The potential to produce. At present the extraction of uyramium from
wet process phosphoric acid is either being carried out or about to
commencein 9 plants in *he United States and Canada. Altogether
These plants have the capacity to supply about 2 million kilograms

per year of HBDg’ or aporoximatzly 14% of the current U.5 requirements

(1}, There 15 dne plant in operation in Europe and several others

in various stages of planning or comstruction. The uranium is re-
coverad as a by-product from axisting operations, therefore the
environmental difficulties are significantly tess troublescme than
Those associated with new mining and milling facilities, 1% is highly
likely That more of these extraction facilities will be therefors
constructed all round the world, anmd i+ has been astimated (i) that
This resource may supply about 10% of the world's uranium requirements.



In a recent extensive study (1) ‘conducted by Earth Sciences Incorporatad
for the United States Department of Energy it is reported that the
phosphate resources of the free world amount to about 1,300 biliion
tons, about a quarter of this baing recoverable basad on the preasent

day technological and commercial vardsticks. The main purpoze in
devaloping these phosphate deposits around the world would be to make
the phosphate avaitable for fertiliser products, and the extraction

of uranium from these deposits wili be a secondary attraction. The

ES1 study estimated that the uranium present in the recoverable
phosphate rasources amounts to some 30 miilion tons.

Quring the early 1950's a considerable attention was gl ven to
the axtraction of uranium directly from the phosphate rock by
selective leaching methods (2). Alkaline feaching methods were in-
affective whilst acid leaching although effective was not very
selective and consequently was rather costly. At about the same +ime
develapment work was alsc addressed to the extraction of uranium from
phosphoric acid. Three commercial scale plants were bul |+ and operatad
successfully for several years. Two of these used solvent extraction
and the third used a chemical preclipitation methed (3). These plants
were located in the U.3.A. and were eventually unable to compete with
The low cost uranium which subsequently became avallable. from the
mings in the western United States, Fortunately a very largs
propartion of the phosphate mined around the worid Is currently being
converted inte wet process phosphoric acld, and the frend Is for
this proportion to increase. Because of the more favourable preduction
and market economics there is a resurgence of intersst In the extraction
of uranium from wet process phosphoric acid.

SOLVENT EXTRACTION TECHNOLOGY

Currently *he baslic extraction +echnology relies on solvent
extraction and three main solvents have been identified, name [y
sctyl pyrophosphoric acid (OPPA), di-2-ethyl hexy| phospharic acid
(DZEAPA) with a synergistic adeitive tri-octyl phosphoric oxide (TOPO),
and octyl| phenyl acid phosphate (QPAR), All processes appear 1o he
capable of operating economically on 2 typical phosphoric acid
product from a dihydrate process plant. All plants currently
operating with these solvents extract uranium from 30% P05 fliter
acid. For increasing F.O- centent, the extraction cmeff1c?an+ from
aqueous to organic phase “falls henca more extraction steps are re-
quired. A process with the capabiiity of extracting uramlum from
45549 P,O; acid will have severai outstanding advantages dlscussed
latar in +gis paper. There is an ootimum extraction temperature, in
all cases genera!ly lower than the supply acid temperaturs. Reducing
the temparaturs of the aclid generaily leads *o a lower dissolved
content of gypsum in the selution, increase in the extraction co-
efficient, and reduction in fthe rate of dearadation (i1 any) of The
selvent, but IT increases the fime required for phase separation.



All processes employ an acld preparation system consisting of
cooling, purification and uranium valence adjustment stages. Al
require a raffinate {(uranium—barren acid) clean up system fo ensure
minimum extractant losses and o aveld deleterious effect on the
rubber lining of phosphoric acid concentration equipment. All
processes glve rise fo small| gquantities of liquic effluent which
requires ftreatment and al! require 2 system for fume and dust
scrubbing in the final precipltation, drying and calcining, and
bagging operations. Al!l processes have the highest capltal and
operating cost assoclated with the first solvent extraction and
stripping stages. Since the overal! concentration of uranium over
~ This operation is 30 to 50, the size of processing equipment and the
consumption of reagents and utilities is much larger in this secticn
than subsequent processing.

Earlier ressarch and development work was carried out by the
Omk Ridge National! Laboratorias (4) {5) (8). €5! svaluated the
process requirements and economics of the three solvent systems, and
determined to use the OPAP system for its plant in Calgary. ESI
carried out extensive development work to solve some major problems
tdentified by the sarlier work. These problems wers:

i) Third phase formation (crud) in the solvent exfraction unit steps.
i) Contamination of the U308 = barren phosphoric acid returnad
to the acid plant.
iii) Poisoning of the extractant. :
iv) Excessive phosphate, vandate, etc. contamination of the
dranium product.

A pilat plant was constructed and operated. The plant demon-
strated that the technology resulted in excellent uranium recovery
and &liminated the above noted operating problems. The preferential
loss of the mono ester reported by others (7) was not observeqd. The
reason for hydsolysis of the OPAP reported in literature (3) was
identified and a satisfactory solution developed. The data developed
in the pilot plant was used to design the commercia! scale plant
which has come on stream recent!y.

EARTH SCIENCES URAMIUM RECOVERY PROCESS

The solvenT extraction fechnology developed by ESI| 15 being
applied in its own plant in Calgary, Alberta, Canada. The plant
is located adjacent to the Western Co-operative Fartiliser Limited's
phosphate compiex and extracts uranium from wet process phosphoric
acid manufactured by thw Western Co-operative Fertilisers. i+ wil|
racover in excess of 45,000 kg of U_p per year from 29-30% 9205
phosphoric acid containing about 120 ma/t of U0,. The acid
tfreatad ir that plant is 'green' mede from calZined western U.S rock.
The yellow cake product will meet purity standards of any conversien
facility.



The ES! recovery process may, for clarity, be broken Into
five general process areas (Figure |).

1) Acid clean-up and preparation
Ii) Uranfum extraction
Pit) Uranium purlfication
iv} Product recovery
v} Raffinate clean-up

Acid Clean=up and Preparation

The purposes of this area of the process are: +o adjust
chemicalty the oxidatlon potential of the acid to ensure +hat al!
the uranium is in the recoverable plus 4 valence; to clean the acid
of material fhat will cause unwanted 'crud' formation during the
subsequent uranium recovery by solvent gxtraction; and to lower the
acid temperature to about 50°C and, thus, minimise operational
problems during The solvent extraction process. A schematic ficwsheet
Is given In Figurse 2.

The acid is pumped from the surge *ank through a wa+eg-coored
spiral heat exchangsr, to lowar its temperaturs to about 50 C, to a
7 foot diameter thicksner which also receivas a flocculant stock
solution.

"Underflow from the thickener at (5% solids is pumped to a
drum filtar.” Flltrate |s pumped to the thickener overflow Tank
and The gypsum filter cake is thoroughly washed with raffinate (USDB -
barren 30% P_O. acid) fo recover any absorbed uranium. Washad
filter cake (flocculated gypsum) is repulped with raffinate and
pumped to the raffinate surge tank In the raftfinate processing area,
From thers it goes back to the phosphoric acid plant with the uranium-
barren acid. Thus, all gypsum entering the plant with the feed acid
s s&nt back to the fertiliser complex. Tha thickener overflow is
sent To the reduction circuit where iron pewder s used to adjust
chemically the EMF of the acid to about plus 200 mv and, thus, ensure
that the uranium is all plus 4 valent. The uranium must be att plus
4 valent to assure maximum extraction by OPAP in the yranium-
extraction circuit. About 0.5 grams of iron per Iltre of acid are
required.

The acig contains about 0.2 g/l of suspended solids at +his
peint and is sent +o sand~type filtration units for fina! clarification.
The fittrate is used to backwssh and clean the filtars and +his stream
is returned to the thickenar.

After the pnosphoric acid has passed Through the acid cleazn—-up
and preparation circult, i+ has:



an additlonat 0.5 gpl of iron,

had all crystalline and supersaturated gypsum removed,
been dituted with water by about 1%, and

been cooled to under 50°C

Fly M —

Uranium Extraction

In this area of the plant uranium is recovered by solvent
extraction with OPAP from the phosphoric acid, cleaned and prepared
‘as described above. The uranium so recovered is stripped from the
loaded organic with a 30% P,0. phosphoric acld solution containing
hydrogen peroxide. The net résuit is recovery of greater then 90%
of fthe uranium into a phosphoric acid solution containing about
10 gp! USOB' Flease see Figure 3,

_ Reduced phosphoric acid is pumped to the solvent extraction
(5X) circult. The circuit has five stages of extraction. A 0.3
molar octyl phenyl phosphoric acid (0PAP) dissolved in kerosene is
used to extract the uranium from the acid. It is possible fo produce
a raffinate with as tittie as 5 mg/| USOB'

The raffinate from the SX circuit is pumped to the raffinate
clean-up area, discussed latar. Loaded organic is pumped from the

first stage extraction unit +o an aquecus displacement tank. The
recoverad aquacus is pumped to the first stage of the extraction
ccireuit. c

The |oaded OPAP solvent is pumped from the aqueous displacement
Tank to the solvent stripping circuit which consists of four stages
of stripping. The uranium is stripped from the solvent using
dranium-barren 30% F’ZO5 acid and 50% hydrogen peroxide.

The stripped solvent, is pumped to a storage tank where antrainad
2quecus solution separates and is sent back to the solvent stripping
circuit. Qrganic is recycle to the first stripping stage while the
pregnant acid, containing about 10 gp! USDB . 13 pumped to the
uranium purification area.

3y the Time the phosphoric acid has passed through the
uranium extraction circuit [t:

l. has had most of the uranium removed leaving only about
5 mg/l USO . and

2. contains ué to 500 parts per million entrained and dissolved
solvent from the SX circuit,

Uranium Purification

This arza of the plant employs 2 soivent extraction process to
produce a concgntratad and purified urany! carbonate solution from
the pregnant phosphoric acid strip solution generated by the strip
circutt in the uranium extraction area. Pleasa see Figure 4.




Pregnant phospheric acid strip solution contalning about 10 gpl
U;O, is diluted with water from 30% P 0. to about 28% PO, prior to
en+grlng the solvent extraction clreuTtl The dilution Ts”required
To ensure efflcient loading of the solvent which is a mixture of
di-2=ethy! hexy| phospharic acld (DZEHPA) and a synergistic
additive dissolvad Tn kerosene.

The diluted pregnant acid is pumped to the extraction circuit
which consists of four stages of extraction. Raffinate from the
extraction circuit still contains about 200 mg/| U:0g in the & valent
state and is, thus, recycled to the reduction circui? in the acid
clean-up and preparation area dlscussed above. Recycle of thls
stream allows The uranium to be recovered in the uranium extraction
area. Prior to its recycle to the reduction circuit, the raffinate
is sent fo a bark of fiotation cells, which remove the arganics, and,
thus, prevent contamination of the OPAP sofvent with the D2EHPA solvent ©

. The DZEHPA solvent from the extraction circuit is Imaded not
only with U0, but also many impurities, such as phosphate ifon, and
is sent To & sgrub circuit for Impurity removal. The solvent scrub
circuit is comprised of three stages,

Scrubbing is performed with a mineral acid. Spent scrub
solution (raffinate) from the scrub c¢ircuit containing the impurities
is zent dirsctiy to the stripping circult.

The scrubbed DZEHPA soivent is stripped of its uranium content
in Three stages of stripping using 2 100 gpl sodium carbonate
solution. The strip circuit vields a pregnant carbonate solution
of azpproximately 50 gp! U 08' The pregrant strip solution is stored
in a surge tank prior to gending it to the acidification circuit In
the product recovery area while stripped solvent is sent to the
organic storage tank., This tank also serves as an aqueous displacement
tank.

The stripped solvent, produced as described ahove, is in the
sodium salt form and must be converted to the fhydrogen salt priar to
recycle to the solvent extraction circuit to pravent pracipitation
of sodium siiicates. This solvant conversion is parformad in two
sTages of regeneration using the scrub solution raffinate and a
mineral acid. Aay uranium in the scrubb solution raffinate is
recoverad in the rageneration circuit. The organic s recycled *o
The extraction circuit and the spent scrub solution is sent to a
coglescer for organic removal prior to collection in the tailings
tark, The failings *ank solution, which is composed of spemt scrub
solution, contains about 50 gpl sodium sulphate, 15 gpl sulphuric
acid, a small zmounTt of ammonium sulphats, and impurities of iron,
flucride, stec. The sTream ramges from 5 to 20 |itres per minute
depending on the sizs of the piant,



The uranium purification area produces three streams and the
characteristics of each stream can be summarised as follows:

f« . The extraction raffinate is an oxidised 30% PZO acid solution
which has been diluted with water to 28% P,0.T “This stream
returns 99.8% of the phosphate values enteFfing the uranium
puriflication area to the acid clean-up area as well as 3%
of the uranium. .

2. The pregnant carbonate strlp solution contains 97% of the
uranium entering the uranium purification area. The uranium
contained in this 50 gp! solutlion is not significantly
contaminated with Impurities.

3. The spent regenerent solution is the Impurity blead stream for
this area. |t is essentiaily free of uranium and Is sent to
waste.

Product Racovery

in this area of the plant uranium is recovered from solution as
 veltlowcake which is then drisd and packaged in 55 galion drums. The
process (s a conventional dranium racovery design and is shown in
Figura 5.

Pregnant strip selution produced by the solvent strip circuit
is pumped continuousiy fto an acidification tank where sulphuric acid
is added to lower the solution pH to between & and 7. At this pH
iron and other Impurities are precipitated from solufion and the
pracipitate is removed by pressure filtration, The filfter cake
contains a significant amount of U0, and is, therefore, sent 1o the
giiution fank [n the purification 3réa for dissoluticn and uttimately,
uranium recovery. Following fiiltration, the pregnant strip solution
is further acidified with sulphuric acid o a pH of about 2 and
heated to near boiling fo completely expei the CO2 befors the uranium
is precipitated.

Uranium is recovered from the acidified solution as yeal lowcake
by the addition of ammonia gas to both tanks of the arecipitation
clreuit until a pH of 7 is reached. The vellowcake slurry so formed
is flocculated and then thickened. Thickenar undarflow is pumped to
the agitated centrlfuge feed tank at about 25% solids whilae the
thickenar overfiow (s collected in a tank (along with two other
streams) prior to recycle to the solvent scrub circuit in the
yranium purification area.

The yellowcake cantrifuging, drying, and product packaging areas
run cn a one shift per day, five day week schedule. The 25% solids
yellowcake slurry is diluted to about 10% solids with water,
centrifuged and simulTansously washed with more water. The 50%
solids yellowcaks siurry from the centrifuge is sent by scraw canveyor
te Ths dryer and the centrate is sent to *the yellowczke thickener



overflow tank. The yellowcake is dried at 260°C. The coolad product
discharged to a packagling unit fitted with a bagflilter. The product
is Then discharged to 250 Iltre drums which each hold 340 kg of

vel towcake.

A few general comménts can be made about the product recovary
area as foltlows:

t, The two-stage aclid!fcation circuit removes impurifties (notably
iren and phosphate) from the uranium solution.

2, ‘Recycle of the yellowcake thickener overflow, centrate, and
venturi scrubber solutions to the scrub circuit in the uranium
purification area blesds impurities from the product recovery
area. More importantly, recycle of these streams ensures
raecovery of the dissolved and entrained uranium.

Raffinate Clean-up

The raffinate phosphoric acid from the solvent extraction
circuit in the uranium extraction area contains some entrained and
dissolved organics. The raffinate clean-up area of the plant removes
mest of these organics from the raffinate (uranium barren 30% PZOS
acid) prior fo its return to the phosphoric acid plant, thus,
recovering the solvent *o prevent any organic-induced deterioration
of rubber-lined equipment in the acid plant. Three steps are used
by ESt In this area. The first two are a combination of coalescing
and flotation. The third is a proprietary system.. These are
illustrated in Figure 6.

Raffinate from the uranium extraction area may contain as much
as 300 ppm of entrained and dissolved process organics and (s pumped
To a mulfi-stage coalescer. The coalesced organics collect at the
top and are periodically returned to the last uranium extraction stage.
The coalescer efficiently removes entrained organic from the raffinate.

The remalning organics in the raffinate are typically in the
order of 100 ppm and a targe part of thess organics can bs racovered
by froth flotation using conventionai air-sparged flotation calls.
The froth overflowing the cells consists of kerosene and COPAP |eft
in the raffinata., The flotation process reduces the organics to
befwager 20 and 50 ppm. The third step which ESI usas at Catgary can
reduce organic lavels To about | ppm. This may not always be
necessary, but <anm be achfeveg at a reascnable zost, Once +he raffinate
is cleaned it i3 heated fo 70°C and returned +o the phosphoric aczid
plant,

Foliowing the raffinate clean~up the raffinate:
l. Centaing about | ppm of process introduced erganics.

2. s a2t the same temperature as it was received and is ready
for avaporation,



ADVANTAGES OF ESI'S TECHNOLOGY

E31 began its uranlum recovery work on a relatively small
phogphoric acid ptant,. 165,000 STPY P 05. This siza was considerad
by many in the industry to be too sma%l to economical ly support
uaranium recovery. Partially due fo this and to other process factaors,
E5! was able to develop extremely cost efficient methods to process
the phosphoric acid and- the resulting uranium. Some of these methods
arise from the genaral nature of the OPAP process; others are relatad
to pretreating the phosphoric acld, purifying the uranium stream, and
removing process Introduced organics from the raffinate efflciantly.

In addlition to the development efforts on the green acid of
WCFL, E3! has conducted research into handling the organic-rich acids
(black acids) and acids containing in excess of 30% P.0O.. This work
has yielded further potential advantages of ESl's fecﬁﬁglogy for
uranium recovery,

The use of OPAP offers potential operating cost savings in a
variety of areas, The first relates to the initial soivent
extraction stage. In most phosphoric aclds, the bulk of the
uranium [s present in the reduced state or plus 4 valence. Reduction
of the acid for OPAP extraction may be done at a reascnable cost
with a variety of reductants. ESI's experience has sugpested that
it normally is less expensive to reduce the uranium for extraction by
OPAP than to oxidise it for extraction by DZEHPA-TORO.

The uranium can be stripped into a 30% phosphoric acid
soiution under oxidising conditions rather than into the concentrated
acid specified In the |iterature, saving expense and process
gifficulties. Taking this strip solution directly *o a.DZEHPA
gxtraction circult for uranium purification, without any adcditlional
valance adjustment, allows further cost savings. From This point in
the process conventional uranium recovery technologies may be used
To obtain a final product. The specific arrangement of the purlfication
circuit allows the production of an extremely high guality praduct,
capable of meeting the specifications of any converter in the free
warld,

One of the chief concarns of phosphoric acid manufacturers has
been the adverse sffects of residual kerosene on rubber-|ined
avaporators. While the industry in the U.5. has seemed to set 50 ppm
as an 'acceptabla' level for kerosane, we are unable to verify that
such a level is sdequately low to afford protection to manufacturers.
Know ledgeable supplisrs of rubber lining have recommended the complets
removat of kerosene. The lining is llable to absorb even traces of
iT and suffer degradation. Zarly in the development process, ES| was
z2sked to delivery a raffinate with essential ly no kerosene and a
sysTam was developed to produce such a claan raffinate. ESI's
proprietary system can ramove kerosene and OPAP levels to about | ppm.
The anaiyticai techniques nacessary To gensrate reproducible results
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were developed.as wall. There is a cost associated with the removal
of the last 20 to 50 ppm, but it Is a reasonable cost to pay as
insurance agalnst damage to the rubber lining Tn evaporation
squipment. The cost gensraliy will run to about 5 to 7% of the
Total plant cost and about $0.50 to $1.00 per Ib of UBOB'
As black acids are common worldwide, ES| undertook the task
of developing a system to remove the organics to allow solvent
extraction. This proprietary process produces a 'beer' coioured
acid which Is easily handled in solvent extraction systems without
serious emulsion formation. The capital cost of the system generally
is about 10 to 15% of the total cos+ of the uranlum recovery plant.
The operating costs can range from $0.50 to $2.00 par pound of U 0q4-
These costs appear to be quite competitive with several other
mathods for cleaning black acid.

Rising energy costs have brought about a renewal of interest
in the double crystallisation hemihydrate-dlhydrate and the singls
stage hemihydrate high strength phosphoric acid procssses. At the
same Time the ability To extract uranium from acid with higher *han
30% PO, concentration by the use of existing extraction technology
has bSEE seriously questioned. This lad ESI +o carry out in 1977
basic research in extraction from acid ranging from 38% to 54% PO
content. The results of this work indicated that ES|'s OPAP pﬂagags
Is applicable to strong acid with only a relativdly smal! reduction
in stage extraction efficlencies, whilst several potential advantages
are salf-evident and slgnifican+t.

First and foremost, of coursa, is the scope fo reduce energy
consumption in the production of concentrated fertiiiser grade
phesphoric acid without sacrificing the abiilty to extract the
valuable uranium by-product. The very much reduced volume of tha
stronger acid (approximately halved for 50% P.O. acid in comparison
To 30% PO, acid) would enable a significant fsduction in aquipment
size in ;hé front end of *he plant. The higher uranium concentration
in the acid would further contribute +o this saving, and the capital
and operating costs of acid clean=-up and flrst extraction sactions,
T™We of the three major sections of the plant, are consequently
reduced. Unlike the 304 P Qg acid, which is invariably concentrated
after uranium extraction, %he strong acid producsd from heminydrate
and double crystallisation processes is often produced at a
concentration reguired for fertiliser production. The stringent re-
quirement of raffinate cisan-up to remove practically any frace of
kerosene is therzfore not applicabis to strong acid, and the capital
and operating costs of yat another major section of the plant are
reducsd significantiy.
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In spite of The lower extraction coefficiant in the f]rst
cycle, the several advantages inherent in extraction of uranium from
strong acid appear to be so overwhelmingly favourable that uranium
extraction cost from 50% P,O. acid is estimated to be between 20 to
25% lower than the cost of“eXxtraction from 30% P Q5 acid. The
findings of this basic research would however neéd to be confirmed
through further pilet piant work directed specifically at the first
cycle extraction and phase separation.

Overall ES| has developed a varisty of process characterist]es
which allow Its technology to operate at costs lower than those
resulting with many alternative systems. The process 1s therefore
applicable equaily to the smaller plant adding considarable fo j+s
profitability.

QPERATING REQUIREMENTS

The ESI plant at Calgary is currently in the commissioning
phase. Alfthough specification grade yallow cake has been produced,
the extraction plant has not had sufficient acid feed for an adequate
period of +ime for 1+ to have attained steady operation., [t has
arot therefore been possible to vertfy plant performance. So far
there does not, however, appear to be any reasen fo suppese that the
performance is, in any respect, signiflcantly different from that
expacted.

The following tabfe of reagent and utitity consumptions is
derivad from published information (1) and applles to a process
based on ftwo cycle OPAP/D2EHPA extraction and may be assumed +o
reprasent average requirements for a piant treating green acid
containing 140 mg/litrs U,0.. The plant capacity is about 150,000
tons per year of PZOB’ ané @he consumption is per kilogramme of
USOB producad. :

Iron powder 4.0 kg
Flocculant .25 kg
OPAP 0.1 kg
Karosene 0.4 kg
H,0, 100% 1.5 kg
CZEHPA 5.0 g

Synerglistic Addi+ive 1.5 g

HZSO4 7.2 kg
Sodium Carbonate 3.0 kg

The consumption of process water is anticipated to be about
240 litres per kg of U, 0. product and electriciTy usage =zbout 30 Kwh
per kg of U 0_. lron, Hydrogen peroxide and electric power are Tha
cost signiffcBnt items,
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The cost of maintenance |abour and materials |s expactad not
To exceed 7% of the direct capital cost of the plant.

The labour force recommanded for norma! day to day operation
of the plant js: ' ‘

Plant Manager

|

Suparvisor [
Piant Engineer I
Chemls+ }
Operators I8
Total 22

CAPITAL COST

We estimate that for a Western European locality the arected
cost of a battery [imli+s plant for extracting U0, from 150,000
tonnes P DS per year green phosphoric acid confélﬁing around 140 mg
per 1itrd U0, will be about 6.0 million Pounds Sterling, based
o mid 1980 éogTs. This does not include for land cost but has a
0% contingency added to the sstimated diract cost.
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TA/80/8 Uranium from phosphoric acid — The Earth Sciences process by
1.3, Mangat, Humphreys & Glasgow, United Kingdam, J.H. Viellenave,
Earth Sciences Ina., United States

DISCUSSION

: (Rapporteur D.W. Léyshon, Jacobs Engineering, United States)

Q - Mr. R. van HARDEVELD, D.S.M., Netherlands

13

2)

1)

2)

On page 10 of your paper you state that ESI's OPAD-process is appli-
cable 0 strong acid with only a relatively gmall reduction in ex-
traction efficiency.

Can you indicate what i=s the OPAP loss as a function of the acid
concentration? Are any data available on OPAP hydrolysz.s as a fune-
tion of acid strength and acid temperature? Can you give the d'large
of distribution coefficient?

Did I understand from your paper correctly that you do not use any
flocculant or active carbon treatment in acid clean up? If =0, are
you mot faced with opalescence problems in the settlers?

The figure 1 used as a slide in the presentation in Vienna illustra-
tes the significantly higher uranium extraction coefficient which
OPAP has compared to the D2T. system. 'The data is taken from work
carried cut by ESI for the United States Department of Energy.

(See figure following page).

Flocculants are used in two separations, first on the gypsum slurry
filtration and also in the clarification of yellow cake. No carbon
treatment is tised 'in the ESI process; the Calgary plant processes
green acid from calcined rock. ESI has a proprietary process for
cleaning up "black™ acid, as mentioned earlier,

Q = Mr, E., JEMAA, ICM, Tunisia

My question concerns both authors who presented their processes for ex—

tracting wuranium from phosphoric acid, Is it possible o have a full
chemical analysis of the uranium concentrate extracted fram phosphoric
acid and what is the efficiency of the two solvents used (DEHPA-TCPO
and OPAP) vis & vis the extraction of rare earths (in particular tho-
rium} contained in phosphoric acid?

I cammot answer at this time with a complete analysis. The wtranium pe-
roxide U3Og content is about 90%. S04~ is a main impurity. Thorium is
low, well below industry specifications. Vanadium goes out in liquid
effluent which iIs mainly NayS04 with free sulfuric acid.

Answer by F. NIETSSON, IMC, United States

A typical analysis for the product is given in paper 7 indicating a
68.2% U which is equivalent to about 86.5% U30g.
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Q -~ t'dr! I' EzAHR, CX:P; MoToCoD
1) How cften can OPAP be recycled?
2) What method of analysis do you use for residual solvent?

3) Does the amount of 20-50 ppm kerovsene raise any problem in acid
concentration?

A - 1) Makeup is done infrequently. The OPAP consumption given in the paper
is ocorrect.

2) The method of analysis for residual solvent is an ESI proprietary
method. It is reproducible o 1 ppm.

3) The U.S. seems to have accepted 50 ppm as permissible, but some
evagporator suppliers are reluctant to concede this figure. ESI has
a proprietary system o reduce the corganics well hbelow that figure.
Q - Mr. M. H’IANI; fI:RPHOB, Morocco
How did you determine that 200 mv was the potential indicating that all

the iron is + 2 valence? What is the reference electrode used to give
that value?

A - The level of 200 mv has been established in practice as that required
for good extraction. I do not have the details of the analytical deter-
mination, but it is fairly conventional.

Q - Mr. M. BERGERET, Gardinier, France

What would be the additional cost of an 150,000 t/yr P205 plant using
black acid from Florida instead of green at‘:id"

A - 10% to 15% extra (as stated in paper).
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